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In most industrial gas-phase polyethylene reactors, heat is removed by cooling the
recycle gas stream in an external heat exchanger, where a portion of the vapor is con-
densed. The condensate evaporates in the reactor to absorb heat released by polymeriza-
tion reactions, thereby increasing the production capacity of the unit. Nonequilibrium
methods of multicomponent condensation are applied to develop a 1-D model to simu-
late the cooling unit of an industrial polyethylene reactor system operated in partial
condensing mode. Finite difference approximations are used to convert the resulting set
of differential equations to algebraic equations. A practical method of solving the equa-
tions is to combine the rapid local convergence of Newton’s method with a globally
convergent strategy. Correlation methods for estimating local heat-transfer coefficients
in the liquid film layer are discussed. Butterworth’s method for shear-stress-controlled
condensate flow gives reasonable agreement between simulation results and industrial
data, while Chen et al.’s method can better describe the transition process of condensate

flow from laminar to turbulent flow.

introduction

A large portion of polyethylene is produced in gas-phase
fluidized-bed reactors. Since the polymerization reaction is
highly exothermic, the primary limitation on reaction rate is
the rate at which heat can be removed from the reaction zone
(Jenkins et al., 1986). According to Choi and Ray (1985), the
conversion per pass through the reactor is low (2-5%); hence,
the recycle gas stream is much larger than the fresh feed.
Therefore, the heat removal rate mainly depends on cooling
of the recycle gas mixture in a heat-exchanger external to the
reactor. In polyethylene reaction systems it is possible to op-
erate in two different modes: noncondensing operatiort and
condensing operation. One of the advantages of condensing
mode operation is that it is possible to increase the heat re-
moval capacity by use of latent heat of condensation and a
greater temperature difference between the inlet gas temper-
ature and reactor temperature, thereby increasing the pro-
duction capacity of the unit of given size (Burdett, 1988). To-
day, condensing mode operation is a common practice in
polyethylene industry. The typical recycle gas mixtures con-
tain seven to eight gases including H, and N, (Jenkins et al.,
1986), which are noncondensable under the operating condi-
tions in polyethylene reactor systems. Hydrogen is a chain
transfer agent used in polymerization. Nitrogen is used to
carry the catalyst into the bed. The problem is that very little
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is known about the effects of operating conditions in the heat
exchanger and reactor system on the heat removal rate. The
objectives of this article are to apply nonequilibrium methods
based on film theory to develop a model to describe multi-
component condensation processes in a vertical single pass
shell-and-tube heat exchanger in a polyethylene reactor sys-
tem in order to present effective numerical methods for solv-
ing the highly nonlinear model equations, to investigate the
effects of heat-transfer resistance in the condensate liquid
film at highly turbulent flow conditions, and to compare sim-
ulation results with industrial data.

Multicomponent condensation is a process of simultaneous

- heat and mass transfer. Since mass-transfer processes are

much more complicated than heat transfer, they constitute
the center of the matter. According to different approaches
to describe mass transfer, existing methods for the analysis of
the condensation of multicomponent mixtures are of two ba-
sic kinds: equilibrium methods and nonequilibrium methods.
Nonequilibrium methods are classified into film methods and
boundary layer methods.

In equilibrium methods, the condensation process is as-
sumed to pass through a series of equilibrium states. In this
class of methods (Kern, 1950; Silver, 1947; Bell and Ghaly,
1973), mass-transfer resistances in both the vapor and liquid
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phases are ignored. Since equilibrium methods are simple and
rapid in computation, they are favored methods for industrial
design of multicomponent vapor condensers, and are best
suited to describe totally condensable mixtures. In partial
condensers where noncondensable species are present, the
vapor composition leaving a partial condenser may differ sub-
stantially from that estimated assuming equilibrium between
liquid and vapor phases.

More soundly based nonequilibrium methods using a film
model (Colburn and Drew, 1937) have existed for binary mix-
tures for many years. Generalization of this film model to
multicomponent mixtures is not straightforward, because dif-
fusional interactions in the multicomponent systems may give
rise to such phenomena as reverse diffusion, osmotic diffu-
sion, and diffusion barriers. Due to wide application of multi-
component condensation in industrial practice, great interest
has arisen for the development of generalized multicompo-
nent mass-transfer methods in the past two decades (Schrodt,
1973; Krishna et al., 1976; Krishna and Panchal, 1977;
Krishna, 1979; Krishna and Standart, 1979; Bandrowski and
Kubaczka, 1981; Webb and Sardesai, 1981; Taylor and Noah,
1982). In film theory methods, primary consideration is given
to heat and mass transfer in the vapor phase. Concentration
and temperature differences between the bulk vapor and va-
por-liquid interface are assumed to occur across a thin lami-
nar film adjacent to the interface. The situation is idealized
by assuming that the movement of the thin film layer is wholly
laminar, and outside this film, there is a highly turbulent re-
gion in which the concentration and temperature gradients
are negligible. Consequently, 1-D differential material and
energy balance equations can be used to describe multicom-
ponent condensation processes. There are a large number of
methods that could be used to calculate the local mass-trans-
fer rates in the vapor phase. The methods to calculate mass-
transfer rates fall into three categories: (1) effective diffusiv-
ity methods (which neglect diffusion interaction effects); (2)
methods that take interaction effects into account and which
are implicit in calculating the molar fluxes N;” (kmol-m™?
s~ 1) such as the methods based on an exact solution of the
Maxwell-Stefan equations (Krishna and Standart, 1976), and
the solution of the linearized equations due to Toor (1964)
and to Stewart and Prober (1964); and (3) simplified meth-
ods, such as those of Krishna (1979) and Taylor and Smith
(1982), that take interaction into account, but are explicit in
computing the molar fluxes. Many efforts have been made to
investigate and compare these three kinds of methods. Ex-
periments were carried out by Sardesai (1979), who investi-
gated condensation of two vapor mixtures in the presence of
a noncondensable gas. Numerical simulations of the experi-
ments were discussed by Webb and Sardesai (1981) and Mc-
Naught (1983). Comparison of available experimental data
and many design simulations has shown definite evidence for
the significance of interactive effects in multicomponent con-
densation. In general, the various film models (including ex-
plicit methods) that take interaction effects into account give
very similar results when used to predict the performance of
a condenser. The effective diffusivity methods yield reason-
ably good predictions of the total condensation rates. How-
ever, these methods may result in a significantly over- or un-
derdesigned condenser, and a quite poor estimation of com-
positions of each component in both liquid and vapor phases.
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There is no computational advantage for using effective dif-
fusivity methods, and they are not recommended (Taylor and
Krishna, 1993, p. 476). More detailed reviews are given by
Taylor et al. (1986) and Taylor and Krishna (1993).

Boundary layer methods are more sophisticated nonequi-
librium methods based on boundary layer theory. The analy-
sis is based on a rigorous solution of mass, energy and mo-
mentum balance equations describing the vapor boundary
layer and the condensate film. Extensive work has been done
in condensation of binary mixtures to investigate effects of
energy convective terms, interfacial shear stress, the presence
of noncondensable gases and the turbulent flow of the vapor.
Currently, boundary layer methods are still in the process of
theoretical development. Applications are limited primarily
to modeling the condensation of binary mixtures with simpli-
fied boundary conditions. Extensions to multicomponent sys-
tems are few in number (Taitel and Tamir, 1974; Tamir and
Merchuk, 1979; Kholpanov and Kenig, 1993) and cannot be
used for practical condensation calculations, because of the
enormity of the computational procedure required.

Application to condensing mode operation

From the above analysis, the nonequilibrium methods
based on film models are currently the most appropriate ap-
proach to describe multicomponent condensation processes.
In polyethylene reactor systems, the recycle gas mixture en-
ters either a vertical or a horizontal heat exchanger at a very
high flow rate (Jenkins et al., 1986). In this article, we only
focus on studying a vertical heat-exchanger arrangement in
the reactor system. For partial condensation of a multicom-
ponent mixture in such highly turbulent flow, there is little
resistance to mass transfer in the bulk vapor phase of the
fluid. Therefore, the assumptions of the film theory are quite
reasonable. As a result, film theory methods are applied here
to develop model equations. Although film theory methods
are well developed for describing multicomponent mass-
transfer processes, there is a great shortage of experimental
data for heat and mass transfer in multicomponent vapor-
liquid systems. Industrial data are sometimes excellent alter-
native sources that can be used to test a new theory or meth-
ods. Despite a number of existing design methods for multi-
component condensers, data regarding the application of
nonequilibrium methods in industry are not available in the
open literature. Since industrial situations are usually more
complicated than simple design simulations, the amount of
computation involved is expected to be significantly greater.
In addition, many more model parameters must be specified.
In their literature review, Kim and Corradini (1990) indicated
that the presence of noncondensable gases and turbulent flow
are the two most important factors affecting condensation
heat transfer. One goal of the current investigation is to ob-
tain better understanding of these issues.

Process description

Figure 1 shows a vertical shell-and-tube heat exchanger
used in an industrial polyethylene reactor system. The recycle
gas mixture flows downward on the tube side, and cooling
water passes in countercurrent flow through the shell side. At
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Figure 1. Vertical shell-and-tube heat exchanger.

the top of the exchanger, available measurements include in-
let vapor temperature T, (K), inlet pressure P, (kPa), the
mass-flow rate of the vapor mixture, the mole fraction of each
component Y,", and the outlet cooling water temperature T,
At the bottom of the exchanger, the temperature of the va-
por phase T\, the outlet pressure P, and the inlet cooling
water temperature T3, are also known. Condensation begins
part of the way along the length of the heat exchanger. At
the bottom of the exchanger, the amount of condensed liquid
is around 20 wt. %. The exchanger can be operated at pres-
sures ranging from 250-500 psig (1.7 —3.4 MPa) (Jenkins et
al., 1986).

Model Equations

Assuming constant pressure throughout the heat ex-
changer, 1-D material and energy balance equations combin-
ing the local heat- and mass-transfer rate equations consti-
tute the mathematical model describing multicomponent
condensation process. The local heat- and mass-transfer rate
equations are obtained by applying film models. Given the
conditions of the entering streams at position j — 1 (the bulk
vapor phase temperature 7}‘: 1» molar flow rate of each com-
ponent V; |, and the total molar flow rate of the vapor phase
my ;.; if the liquid phase exists, L; ;_; and m, ;_, must
also be specified), and the conditions of the coolant side
(temperature 72 and the flow rate), by solving the model
equations for an increment of heat-exchanger length, one can
determine the conditions of the vapor and liquid streams as
well as the coolant at the next position j (Y}V, T, T, Tf,

1 I
Vigs oo Vs Nijo voos Nyjs Lijs ooy Ligis Yijs ooes Yao1, )
Continually solving the model equations in this way, the tem-
perature and composition distributions of vapor and liquid

streams along the length of the heat exchanger can be ob-
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tained. In the preceding list of 4n +3 unknowns, T, and T,
are vapor/liquid interface temperature and tube wall temper-
ature respectively, N, is molar flux of species i, and y,-’]- is
vapor mole fraction of species i at the vapor/liquid interface.
The detailed method for determining the solutions is given
below.

Conservation equations

We consider a 1-D gas-liquid cocurrent downward flow in
a vertical tube as shown in Figure 2. The conservation of mass
for the vapor and liquid phases within a short section of a
tube can be expressed as

dm, =—dm, 69

where m;, and m; are molar flow rates of the vapor and
liquid (kmol-s~?), respectively. The material balance for in-
dividual components in both liquid and vapor phases can be
written as

i=1,2,...n )

i=1,2,...n 3)

where V; and L; are molar flow rates of component i in the
vapor and liquid phases (kmol s~ 1), respectively, and N, and
N} are molar fluxes of component i in the liquid and vapor
phases, respectively. The following relations exist with re-
spect to mass conservation: m, =XV, m; =LL,, and N =
NE=N,

An overall momentum balancevon the liquid-vapor mixture
in the axial direction can be developed from the force-

condensate

center line

Figure 2. Mass transport during gas-liquid two-phase
flow in a short section of a vertical tube.
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Table 1. Energy Balance Equations

Energy Balance for the Vapor Phase

yad
Vv,V 4
mycp— q 1G]
Energy Balance at the Liquid/Vapor Interface
h (T —T)=q" +INECEATY — T) + LN Ak, 5
Energy Balance at the Wall
h (T =T%) = hy (TY —T°) ()]
Energy Balance for the Coolant
dT*
mccf,dA— == hWC(TW - TC) (7)

momentum balances on both the vapor and liquid phases.
The resulting equation can be used to calculate the pressure
drop for two-phase flow (Carey, 1992). However, the pressure
drop is usually less than 3% of the total operating pressure in
the heat exchanger (Jenkins et al., 1986, example 8), so the
assumption of constant pressure throughout the exchanger
could be made; thus this momentum equation was not re-
quired in our model.

Energy balance equations can be derived for both the va-
por flow and coolant flow at the liquid/vapor interface, and
at the tube wall, respectively. All energy balance equations
are summarized in Table 1. In Eq. 4, ¢ is the conductive
heat flux out of the bulk vapor phase (W-m~2). The film
model of simultaneous mass and heat transfer gives the ex-
pression for ¢” (Krishna and Standart, 1979),

€
V=h,———(T"-T' 8
q Voo 1)( ) ®
where e the heat-transfer rate factor is defined as
e=YN,ch./hy )

h, is the zero-flux heat-transfer coefficient. eAe€—1) is
known as Ackermann correction factor to correct the zero-flux
coefficient for the effects of simultaneous mass transfer. In
Egs. 5to 7, h, is an overall heat-transfer coefficient account-
ing for the resistances to heat transfer in the condensate lig-
uid, in the tube wall and in the coolant. 4, is the conductive
heat-transfer coefficient in the condensate liquid, and Ay, is
the heat-transfer coefficient accounting for the heat-transfer
resistances in the tube wall and in the coolant (W-m~2.K~1).
The energy balance for the liquid phase can also be derived,
so that the bulk liquid phase temperature T can be solved.
Because the amount of condensed liquid is small (below 20
wt. %), the liquid film thickness throughout the exchanger is
very thin and the temperature in the liquid phase can be ap-
proximated by TL =(T/+ T%)/2. In addition, the difference
in the transfer area between the liquid/vapor interface and
the tube inner wall is negligible.

Mass transfer in multicomponent vapor-gas mixtures

Although there are noncondensable components in the re-
cycle gas mixture such as nitrogen and hydrogen, as sug-
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gested by Taylor and Krishna (1986), they are treated as con-
densable components in mass-transfer calculations. Hydro-
gen and nitrogen do not condense as pure components, but
are sparingly soluble in the liquid phase. For the case of all
condensable components (no component is completely non-
condensable), the molar flux (V) can be calculated by Eq. 10

(N)=[R"EIGY-yD+ NG (10)

[ £"] is a matrix of zero-flux mass-transfer coefficients (m-
s~ "), [E]is a matrix of correction factors to account for high
flux of mass transfer, given by

[El=[oNexplop]-[11}" an

where [ /] is an identity matrix. As mentioned in the introduc-
tion, many different film models might be employed to calcu-
late the local mass-transfer rates in multicomponent systems.
However, only the methods that take diffusion interaction ef-
fects into account are recommended. Here, the film model
based on the linearized theory of Toor (1964) and Stewart
and Prober (1964) was used, because it is considerably sim-
pler in computation and gives indistinguishable results (Taylor
and Krishna, 1993) compared with the method of Krishna
and Standart (1976), which is based on an exact solution of
the Maxwell-Stefan equations. By using the linearized
method, the following relations can be utilized to compute
the elements of mass-transfer matrix [ 8] and matrix [¢]

[&Y]=[M]"",  [¢]l=N[M]
Mii=£+ Z ZE
Kin k=10 i ik

1 1
Mij=_}_’i(——_‘—) (12)

Kij  Kip

[M]is a general matrix. In Eq. 12, ¥, is the average of the
interface composition y/ and the bulk vapor composition y/.

The binary mass-transfer coefficient «;; is defined as

k;;={(c,D;;})/1 13)
where ¢, is the molar density of the vapor mixture (kmol-
m~?), D;; are Fickian diffusivities of binary mixtures (m?-
s™1), and !/ is the liquid film thickness (m). An a priori esti-
mate of the film thickness ! must be available in order to
evaluate binary mass-transfer coefficients «;;. For pure vapor
condensation, an estimate of / can be obtained using empiri-
cal correlation methods (Numrich, 1990). For multicompo-
nent condensation, both heat-transfer coefficients 4, (W-
m~?-K™") and binary mass-transfer coefficients «;; (m-s~")
are usually estimated using the j-factors of Chilton-Colburn
analogy

hyA, LA, 1
= (PP =y = (S ) =of (14
mycp my 2

K

Ju
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In Eq. 14, Pr is the Prandtl Number, Scij is the Schmidt
number of binary gas pair iy, and f is the friction factor.
Many complicated correlations are available for calculating
the friction factor f. However, in multicomponent condensa-
tion calculations, f is usually estimated by

f/2 =aRe® 15)

where a and b are correlation constants determined by fluid
flow conditions. For Reynolds numbers over the range of 3 X
10% < Re < 10°, appropriate values of @ and b are 0.023 and
—0.2, respectively (Hines and Maddox, 1985).

As the level of turbulence increases, the diffusion interac-
tion effect between different components decreases, because
turbulent mass transport is not species-specific. However, if
the Chilton-Colburn analogy is used to calculate mass-trans-
fer coefficient «,;, it does not correctly reflect the diminished
effect of molecular diffusion coupling, resulting from the in-
creased level of turbulence, since the ratio of mass-transfer
coefficients «,;/k;; is independent of the Reynolds number.
Krishna (1982) developed a turbulent film model to include
the contribution of turbulent mass transfer, which is called
the turbulent eddy diffusivity model. Taylor et al. (1986) com-
pared simulation results of Chilton-Colburn based film mod-
els and this turbulent eddy diffusivity model and found no
significant difference for inlet Reynolds numbers up to
1,000,000. The detailed explanation of the reason for the suc-
cess of the Chilton-Colburn analogy can be found in the anal-
ysis carried out by Taylor et al. (1986). Because the turbulent
eddy diffusivity model is more complex than the Chilton-Col-
burn based film models, more computation time is required.
Thus, the turbulent eddy diffusivity model will not be used in
multicomponent mass-transfer calculations in this article.

Mass transfer in the liguid phase

The methods described above for calculating mass-transfer
rates in the vapor/gas mixtures may, in principle, be extended
to deal with the liquid phase. However, since the principal
resistance to mass transfer resides in the vapor phase, a de-
tailed model of mass-transfer processes in the liquid phase is
not necessary. Usually one of two limiting cases of conden-
sate behavior is used to calculate the composition in the lig-
uid phase:

(1) The liquid phase is completely mixed with regard to
composition. In this case, the following relation exists for the
composition in the interface and in the bulk liquid phase from
a material balance along the flow path

xl=xt=1L/L (16)

l

(2) The liquid phase is completely unmixed. In this case,
the interfacial composition is given by

xf=NyN, an
Investigations in the literature (Krishna et al., 1976; Webb
and Sarsesai, 1981; Taylor et al., 1986) reveal that simulation

results are generally insensitive to whichever extreme case is
chosen if noncondensable gases are present in the vapor mix-
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ture. The completely mixed assumption (Eq. 16) is used in
the current investigation.

Mass transfer at the liquid /vapor interface

Since the interface composition y/ on the vapor side is
required to compute mass-flux N,, it is necessary to set up an
equation to relate y/ on the vapor and x! on the liquid side.
It is usually assumed that equilibrium prevails at the inter-
face. Thus,

yi=Kx! i=12,..n (18)

where K; are equilibrium constants. In the analysis of vapor
liquid equilibrium, K;-values are key parameters and play a
role that dominates the accuracy of the whole mass-transfer
calculations. Estimation methods have been summarized by
Reid et al. (1987). Using an equation of state (such as the
Soave equation or the Peng-Robinson equation) to calculate
K; is highly recommended in our system.

Correlation methods for calculating the heat-transfer
coefficient h; in the condensate liquid film

For film condensation of vapor mixtures inside a vertical
tube with noncondensing gases present, the overall heat-
transfer resistance consists of the resistances to conductive
heat transfer in the condensate and in the vapor-liquid
boundary layer. The rate of heat transfer through the con-
densate layer is determined by the thickness of the conden-
sate film, which is for condensation of pure vapors the only
thermal resistance. A cocurrent downward vapor flow will
tend to decrease the thermal resistance both by thinning the
film and by increasing the likelihood of turbulence. For a
highly turbulent downward vapor flow, the bulk motion of
the core sweeps away noncondensable gases, leading to a
lower buildup of the noncondensable gases at the interface.
This factor will increase the interface temperature and result
in less heat-transfer resistance as well. The heat-transfer co-
efficient in the condensate layer is therefore very much larger
when there is significant vapor flow than when vapor flow is
not present.

For condensation of a downward vapor flow inside a verti-
cal tube at high velocity, the condensate flow is interfacial
shear stress controlled; thus, the heat-transfer coefficient in
the condensate layer is governed by interfacial shear stress.
The description of heat-transfer enhancement by a signifi-
cant gas flow is not sufficiently developed in the available
literature. On the other hand, because of lack of experimen-
tal data, the reliabiity of the available correlation methods
has not been investigated in a highly turbulent multicompo-
nent system. The industrial data we have collected make it
possible to evaluate different correlation methods. For com-
parison, correlations for both gravity controlled condensate
flow and shear stress controlled condensate flow are given in
Table 2.

If the velocity of the vapor flow is very low, the vapor shear
force acting on the liquid/vapor interface is negligible, and
the condensed liquid film falls under the influence of only
gravity. In this case, the condensate flow is gravity controlled.
In Table 2, Egs. 19, 20 and 21 correspond to laminar wave-
free flow and laminar wavy flow and turbulent flow, respec-
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Table 2. Correlations of Estimating the Heat-Transfer Coefficient in the Condensate Liquid Film

For Gravity Controlled Condensate Flow | s
pilpL —py)g
n ] 1/5
ploL— py)g
n ] o

prlp ~ Pv)g]

hy = 1.1ALRe<-W[
hy = 0.756/\LRe‘°‘22{

2

hp =0.0237; Re°'25Pr£‘5
L/

For Interfacial Shear Stress Controlled Condensate Flow

hy, =141Re; V2 (r} )V
., 141\° (oo0mPr”\°
7 =[(Ret/2) +( Ref/? ) l
where A, ,, the dimensionless heatl-/gransfer coefficient is defined by
_ hy i

1%

L+

i3
P ‘( . ) ) ReZ.4Pr3.9
hy =X 1_”L7_M 031Re; 132 4 ;L_M_
n 2.37 1>/<’10
ApPrl3 » i
+ W(Re,e, — Re,) "Rel*

Reference

Re; <30 (19) Butterworth (1983)
p.2.6.2

Re; > 30 20)

Re; > 1,600 21

Pr; <10

for laminar condensate flow (22) Butterworth (1983)
p.2.6.2

for turbulent condensate flow (23)

(24)

(25) Chen et al. (1987)

for both laminar and turbulent condensate flow

tively. In these three equations, the local Reynolds number of
the condensate film Re; is defined as

4m
Re; s

= 26
e (26)

where d is the tube inside diameter (m), 7, is the viscosity of
the liquid phase (Pa-s).

For interfacial shear stress controlied condensate flow, tur-
bulent flow of the condensate film is initiated at much lower
values of Re, . The critical film Reynolds number for transi-
tion from laminar to turbulent is an important parameter and
is believed to be reduced due to downward interfacial shear.
For high and low interfacial shears, the critical film Reynolds
number can be estimated by the following equations (But-
terworth, 1983)

(27)
(28)

Re, = 1,600—226(r} )’
Re.=50

for 7/ <9.04

for 77 > 9.04

In Eqgs. 22, 23 and 27, 7/ is a dimensionless interfacial shear
stress, and 6 = (Pr, +3)/2. The choice between Egs. 22 and
23 is governed by whether Re; is less or greater than the
critical film Reynolds number. Butterworth (1983) pointed out
that Eq. 23 tends to overpredict the heat-transfer coefficient
for Pr; > 10. The typical value of Pr; in our system is around
3.0.

More recently, Chen et al. (1987) have proposed a compre-
hensive film-condensation heat-transfer correlation based on
analytical and theoretical results from the literature. For an-
nular flow condensation in vertical tubes, the heat-transfer
coefficient including the effects of gravity, interfacial waves,
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and interfacial shear in the condensate liquid film is given by
Eq. 25, where A, Re,., and Re, are defined as

0'2527’[{.1777’;4156

= A 055078 (29)
D d2g P08
4(my, +my;)
Re,, = ———— (30)
. d
4m,,
Re, = 31
e, P (31

Equation 25 agrees fairly well with the local condensation
heat-transfer data obtained by Ueda et al. (1976).

Solution of Model Equations

The model equations are a set of differential and algebraic
equations (Egs. 2-7, 10 and 18). In these equations, there are
intensive physical and transport properties, which are tem-
perature and composition dependent. The model equations
are highly nonlinear and must be solved numerically. Two
kinds of methods are described in the literature to solve these
equations: methods that use a tearing strategy (Krishna et al.,
1976; Webb and McNaught, 1980), and simultaneous tech-
niques based on Newton’s method (Taylor et al., 1986). In
methods that use a tearing strategy, at least two iterative loops
are involved. For example, in the outer loop, a subset of vari-
ables (also called tearing variables) is iteratively solved first.
Then the inner loop equations are iterated until convergence
is obtained. The resulting inner loop solutions determine how
the tearing variables are to be reestimated so that all the
equations are satisfied exactly. In Newton’s method (Taylor
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Table 3. Model Equations for the jth Section of the Heat Exchanger

Marenal Balance for the Vapor Phase

Fr =V, .1~ V;—N;A4;=0 i=12,...n 32)
Matzerial Balance for the Ltquza’ Phase

l-,,~,=L,j 1~ L;;—N;AA4; =0 i=12,...n (33)
Rate Equations for Mass Transfer

Fp i =(N) =M@l [el®h — 11715 — y/), = N(y), =0 (34)
Equilibrium Equatzons for the Interface

Fapoial=Kyxl=yh=0 i=1,2....n (35)
Energy Balance for the Vapor Phase

Fro=myep(TV =T )+ hy—— f (TV T/)AA4;=0 (36)
Energy Balance at the Tube Wall

Finey=h (T = T¥ )= by (T =T)=0 37
Energy Balance for the Coolant

Frner=m s (T ~ T+ hy (TY ~T)AA4,=0 (38)
Energy Balance at the Vapor/Liquid Interface

Fipoi=hyy—— T (TV T+ LN, Ak —h (T -T)=0 (39)

(Taylor et al., 1986), only one iterative loop is required. Given
the initial guesses of all the unknowns, all of the model equa-
tions are solved simultaneously.

The heat exchanger is divided into a number of sections. In
each section, the differential equations are replaced by finite
difference approximations, so that all the model equations
become algebraic equations. The resulting 4n +3 model
equations for the jth section of the heat exchanger are sum-
marized in Table 3, which can be used to solve the 4n +3
unknowns listed at the beginning of the model development
section. Taylor et al. (1986) recommended that the bulk con-
ditions within a heat-exchanger section (7", T, y/, %, and
My;) be determined using an average of the values at the
beginning and at the end of the section, thus

(T2 Te= T

--—(V‘/m”-i-l/‘ wl/mV; 1)/2
Xp=(Ly/my i+ L, /myp;_1)/2

My, =(my;+m; )/2

The term el®! in Eq. 34 can be evaluated by a Taylor series
expansion

i 2
el = Z [_—]=[11+[c1>] [(D]

+...+ [ (40)
m'

Using Newton’s method, the new prediction of unknowns
(X, ) is given by a solution of the set of equations (F) (from
Eqgs. 32 to 39) linearized about the current estimate (X).

{Jk](Xk+1_Xk)=_(Fk) (41)
where [J,] is the Jacobian matrix. A major difficulty when
using Newton’s method is the computation of Jacobian matrix

[J.], since complete derivative information is difficult to ob-
tain in analytical form. If finite differences are used to ap-
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proximate those “unavailable” derivatives, many more physi-
cal property calculations are required. Taylor recommended
the so-called hybrid method of Lucia and coworkers (Lucia
and Macchietto, 1983; Taylor et al., 1983) to avoid this obsta-
cle. In the hybrid method, the Jacobian matrix is split into
two parts: [C,]and [ A4, ]

[Jk]=[Ck]+[Ak] (42)

Matrix [C, ] contains all the partial derivatives of {J, ] that can
be obtained analytically. [4,] is made up of any partial
derivatives whose analytical expressions are difficult to ob-
tain. [A,] can be estimated by finite difference approxima-
tions or one of Quasi-Newton methods. When using a
Quasi-Newton method, [ 4,] can be updated from an initial
approximation to [J ] based on the information on the changes
in (X) and (F).

The hybrid method is certainly superior to the tearing
method. However, in the current system, many of the physi-
cal properties and parameters are strongly dependent on
temperature and composition. The hybrid method occasion-
ally failed to reach convergence because of inappropriate ini-
tial guess of unknowns or inappropriate initial approximation
of [ 4,]. The choice of whether some partial derivatives should
be included in [ A, ] does not only depend on whether or not
the analytical form of partial derivatives is difficult to obtain.
If some important derivatives are not included in [C}], con-
vergence problems can occur. However, convergence is not
affected at all by assuming some unimportant derivatives to
be zero. We have observed that convergence is hard to obtain
using the hybrid method for our system.

Unfortunately, even when a complete analytical Jacobian
is available, Newton’s method can have convergence difficul-
ties if the initial guess is not sufficiently close to the root. If
the step size is not small enough, then the solution in the
current section of the heat exchanger is not good enough as
an initial estimate for the unknowns of the subsequent sec-
tion. To overcome this problem, we have resorted to a glob-
ally convergent method for solving nonlinear systems of
equations.
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Globally convergent methods

A global method is one that converges to a solution from
almost any starting point. Newton’s method can be “adapted”
to an algorithm that will guarantee some progress towards
the solution at each iteration (Press et al., 1992). For a set of
equations

F(X)=0 (43)

the Newton step is

X = Xoq + 86X (44)

new

where
§X =—[J1«(F)

How does one decide whether to accept the Newton step 6.X 7
A reasonable strategy is to require that the step decreases
the sum of squared discrepancies, [F)* = F- F. This is equiva-
lent to minimizing

f=F-Fn2 (45)
A good strategy is to always try the full Newton step first,
since once the vicinity of the solution is reached, quadratic
convergence will be obtained. However, at each iteration one
should check whether the proposed step reduces §. If not,
backtrack along the Newton direction until an acceptable step
is obtained. A detailed description of globaily convergent
methods is given by Press et al. (1992).

Using this globally convergent method, there is no problem
with poor initial guesses and the choice of step size in most
cases. As this method essentially minimizes § by taking
Newton steps designed to bring F to zero, which is not equiv-
alent to minimizing § by taking Newton steps designed to
bring V { to zero, this method can still occasionally fail by
landing on a local minimum of {.

For our model equations, the typical unscaled values of
discrepancy function F,; vary from the magnitude of 10™* to
1073, and the resulting Jacobian matrix [J] is ill-conditioned
leading to very slow convergence or no convergence at all.
Convergence problems were alleviated by scaling values of
both the unknown variable X; and discrepancy function F; so
that their typical values are all of order unity. The detailed
calculation procedure can be found in the thesis of Jiang
(1996).

Simulation Resuits and Discussions

It has been shown in many studies (Sparrow et al., 1967;
Denny et al,, 1971; Kim and Corradini, 1990) that if there are
noncondensable gases present, then the main resistance to
heat transfer resides in the vapor-liquid boundary layer. The
influence of highly turbulent co-current vapor phase flow
makes the heat-transfer resistance in the liquid film even
smaller. Using the three different correlation methods sum-
marized in Table 2 to calculate the local heat-transfer coeffi-
cient in the condensate layer, we will compare the simulation
results and see how the calculated temperatures at the bot-
tom of the exchanger compare to the industrial data. Three
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Figure 3. Temperature distribution in the heat ex-

changer.

h, is estimated by Eq. 20, which is used for gravity con-
trolled condensate flow.

sets of temperature profiles shown in Figures 3, 4 and 5 cor-
respond to different methods for estimating 4;: (1) the
method for gravity controlled condensate flow (Eq. 20); (2)
the Butterworth (1983) method for shear stress controlled
condensate flow (Eq. 22); and (3) the Chen et al. (1987)
method for shear stress controlled condensate flow (Eq. 25).
First, look at the relationships among T", T/ and T in
these three graphs. If the interfacial shear stress is not con-
sidered and Eq. 20 is used, it can be seen in Figure 3 that the
calculated heat-transfer resistance in the liquid film is even
higher than in the vapor-liquid boundary layer, because the
difference (77— T") between the wall temperature and in-
terface temperature is larger than the difference (TV—T')
between the bulk vapor phase temperature and interface
temperature. Hence, it can be seen that inappropriate tem-
perature profiles are obtained when the interfacial shear
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Figure 4. Temperature distribution in the heat ex-

changer.

h, is estimated by the method of Butterworth (1983), Eq.
22, which is used for shear stress controlled condensate flow.
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Figure 5. Temperature distribution in the heat ex-
changer.

h, is estimated by the method of Chen et al. (1987), Eq. 25,
which is used for shear stress controlled condensate flow.

stress is not considered. Using Butterworth’s (1983) method
for shear stress controlied condensate flow (Eq. 22), the
curves (Figure 4) representing interface temperature 7/ and
the wall temperature T% are very much closer to each other,
indicating that the heat-transfer resistance in the liquid film
is very small. At the point where condensation begins, the
wall temperature T* suddenly jumps to a high value and then
decreases subsequently. This is because the value of k; cal-
culated by Eq. 22 is so high at the very beginning of conden-
sation that the resulting heat-transfer resistance in the liquid
layer is very small. However, condensation calculations re-
quire that the gas mixture condenses at a higher tempera-
ture. The ultimate result is that 7% jumps to a high value to
satisfy the condensation requirement. At the beginning of
condensation, since only a tiny amount of condensed liquid is
present, high vapor shear stress may result in high liquid en-
trainment or breakdown of a continuous liquid film. Rosson
and Meyers (1965) suggested that upper and lower portions
of the tube be treated separately. In fact, calculations show
that the condensate flow in our system is turbulent; thus, Eq.
23 should be used to estimate /#; when condensation begins.
However, if Eq. 23 is employed, the curves representing T
and T/ cannot be distinguished at all. And there will be a
higher jump for T% at the starting point of condensation.
Obviously, Butterworth’s (1983) correlation method cannot
correctly characterize the heat-transfer resistance in the lig-
uid film at the beginning of condensation. However, this sim-
ulation result actually supports the conclusion made by Sid-
dique et al. (1993) that the liquid-vapor boundary layer is the
controlling resistance for highly turbulent condensation. Ne-
glecting the liquid film heat-transfer resistance, the models
they developed that predict local overall heat-transfer coeffi-
cients correlate reasonably well with their experimental data
and can be used to estimate local overall heat-transfer coeffi-
cients for the range of conditions used in their experiments.

If Chen et al.’s (1987) correlation method (Eq. 25) is used,
the resulting temperature profiles are shown in Figure 5. It
can be seen that during the initial period of condensation,
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Figure 6. Interface temperature distribution along the
length of the exchanger.

(---) Equation 20 for gravity controlled condensate flow; (00)
Eq. 25 and (+ +) Eq. 22 for shear stress controlled conden-
sate flow.

there is little difference between (T/—T%) and (TV - T").
In other words, the heat-transfer resistance in the liquid layer
and in the vapor-liquid boundary layer is almost the same.
After the initial period of condensation, the interfacial tem-
perature T/ moves close to the wall temperature T, i.e., the
resistance to heat transfer in the vapor-liquid boundary layer
becomes greater than in the liquid layer. This is because the
condensate flow initially is laminar and can be very different
from the turbulent flow in the remaining period of condensa-
tion process. The tube wall temperature profile 7% is much
smoother around the starting point of condensation than the
TY curve in Figure 4. For comparison, the three interfacial
temperature curves are plotted on the same graph in Figure
6. It can be seen that the starting dewpoint temperature ob-
tained by using Chen et al.’s method (Eq. 25) is very close to
the temperature calculated by the method for gravity con-
trolled condensate flow (Eq. 20). As the condensation contin-
ues, the T7 curve obtained by Chen et al.’s method moves
closer to the T! curve obtained by Butterworth et al’s
method. It appears from Figure 6 that Chen et al.’s method
can correctly characterize the transition process of the con-
densate flow from laminar to turbulent flow under co-current
turbulent vapor phase flow.

At the bottom of the heat exchanger, the available indus-
trial data include the outlet vapor phase temperature T,
and the inlet cooling water temperature T3,. Unfortunately,
the industrial data are proprietary, and the plant data used
to perform simulations cannot be provided. Here, the simula-
tion results are only used to show how the model works when
predicting the plant data. The three pairs of curves repre-
senting TV and T° corresponding to these three kinds of
methods of calculating 4, are displayed in Figure 7, and are
compared with industrial data shown by open circles. From
Figure 7, it can be seen that at the bottom of the exchanger,
the calculated 7, and T, by using Eq. 20 are much higher
than the industrial data. The temperature difference (T, —
T¢) is also larger than the corresponding industrial data. The
correlation method for gravity controlled condensate flow
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Dimensioniess Length

Figure 7. Temperature distribution along the length of
the exchanger—comparing simulation results
with industrial data.

— — -— h,; was estimated by the correlation for gravity
controlled condensate flow (Eq. 20); hy was calculated
by Chen et al.’s (1987) method (Eq. 25); and - - - - h; was
calculated by Butterworth et al.’s (1983) method (Eq. 22); o
are the industrial temperature measurements at the bottom
of the exchanger.

failed to describe the heat-transfer coefficient in the liquid
layer. When Eq. 25 is used, the resulting temperatures T,
and T;, are closer, yet still slightly higher than the industrial
data. The temperature difference (7., — T%,) obtained by Eq.
25 is very close to the industrial value. If Eq. 22 is utilized,
the best agreement between the simulation results and the
industrial data can be obtained among these three kinds of
correlation methods. However, the resulting value of the
temperature difference (T%, — T is slightly smaller than the
industrial value, but is predicted within an accuracy of
+2.0°C.

From the above analysis, it can be seen that Chen et al.’s
method gives a better estimation of the heat-transfer coeffi-
cient at the initial stage of condensation. However, it seems
that Butterworth’s method (Eq. 22) gives a better estimation
of the overall heat-transfer coefficient even though Eq. 22
should be used for laminar condensate flow according to But-
terworth (1983).

Comparison with equilibrium methods

Theoretically, there is no doubt that nonequilibrium meth-
ods are more soundly based than equilibrium methods. How-
ever, because of their simplicity, equilibrium methods are fa-
vored methods for industrial applications, especially for to-
tally condensable mixtures. For partial condensers, as pointed
out by Bell and Ghaly (1973), a critical aspect of the problem
is the resistance to mass transfer in the vapor phase. Two
techniques are available in equilibrium methods. One of the
techniques is Kern’s (1950) method, which ignores any vapor
phase resistance to heat transfer and which can lead to se-
vere underdesign of condensers (Webb and McNaught, 1980).
The other technique is Bell and Ghaly’s (1973) method, which
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does not ignore heat-transfer resistance in the vapor phase,
but tries to overestimate the heat-transfer resistance to com-
pensate for the error introduced by neglecting the mass-
transfer resistance. Figure 8 gives a comparison of tempera-
ture profiles for Kern’s method, Bell and Ghaly’s method, and
the nonequilibrium method described in this work. Kern’s
method shows that at the bottom of the exchanger, the vapor
phase temperature 7., and coolant water temperature 75
are much lower than the plant data, while the results ob-
tained by Bell and Ghaly’s method are closer to the plant
data but still inferior to the nonequilibrium method. Compar-
ing the temperature profiles, it can be seen that the tempera-
ture curves of the two equilibrium methods diverge around
0.23 dimensionless distance from the temperature lines of the
nonequilibrium method. That is because condensation occurs
much earlier for nonequilibrium methods since the two phases
are assumed in equilibrium at the interface temperature, not
at the bulk vapor phase temperature as presumed in equilib-
rium methods. There are breaks in the temperature curves at
the starting point of condensation for the two equilibrium
techniques. When condensation occurs, much larger amounts
of heat must be released which requires larger heat-transfer
area and higher driving forces, i.e., greater temperature dif-
ference of (TY — T°). Since the heat-transfer resistance in the
vapor phase is considered in Bell and Ghaly’s method, the
resulting overall heat-transfer coefficient is smaller compared
to that of Kern’s method. That is why even bigger breaks ex-
ist in the temperature lines of Bell and Bhaly’s method. To
compare how equilibrium and nonequilibrium methods work,

Dimensionless Temperature

0.90
0.00

0.20 0.40 0.60 0.80 1.20

Dimensionless Length

Figure 8. Temperature distribution along the length of
the exchanger—comparing simulation results
of equilibrium methods and nonequilibrium
methods.

— — — Kern’s method (1950); + + + the Bell and Ghaly’s
method; nonequilibrium method (h; was calculated by
Butterworth et al.’s (1983) method); o are the industrial tem-
perature measurements at the bottom of the exchanger.
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Table 4. Comparison of Outlet Conditions for the Kern, the Bell and Ghaly and the Nonequilibrium Methods

Outlet Conditions Kern Bell and Ghaly Nonequilibrium
Vapor temp., Tk, K 172K < T2, (plant) 30K < T}, (plant) 02K <TY, (plant)
Coolant temp., T, 15.7 K < TS (plant) 6.0 K < T (plant) 1.0K > 7§ (plant)
Heat removed/tube, kJ/s 45.027 31.213 29.253

Total condensation rate, wt. % 24.87 15.89 13.47

Table 4 shows important outlet conditions for these three
methods.

Sensitivity to errors and fluctuations in plant data

The industrial data used in this work are averages of 70 h
of stable plant operation. In this 70 h operating period, the
most significant data fluctuation was found in gas-flow rates.
The maximum uncertainty in gas-flow rates is about 10%. The
sensitivity analysis has been done by perturbing the condi-
tions at the top of the heat exchanger individually and moni-
toring the resulting temperature values at the bottom of the
heat exchanger, which are unfortunately the only available
industrial measurements. The results of sensitivity analysis are
shown in Table 5. The temperatures (T, and T) at the
bottom of the exchanger are not particularly sensitive to the
random measurements errors of the conditions at the top of
the exchanger.

Conclusions

Nonequilibrium methods for multicomponent condensa-
tion are applied to simulate a vertical single pass shell-and-
tube heat exchanger in a polyethylene reactor system oper-
ated in condensing mode. The operating pressure in the ex-
changer is assumed constant. The local mass- and heat-trans-
fer coefficients are functions of temperature and composi-
tion, and are estimated using appropriate local average val-
ues. The differential mass and energy balance equations are
approximated by finite difference equations. Methods for
solving the resulting highly nonlinear algebraic equations are
discussed. It was found that convergence is difficult to obtain
in our system by using either the hybrid methods or Newton’s
methods. A practical way of solving the set of algebraic equa-
tions was a technique combining the rapid local convergence
of Newton’s method with a globally convergent strategy.
Techniques for estimating the local heat-transfer coefficients

Table 5. Sensitivity Analysis Regarding the Gross and
Random Errors of Plant Data

Conditions Uncertainty T, T
Gas-flow rate +10% -17K -31K
-10% +1.8K +3.0K
Inlet vapor temp. +20K +08K +1.1K
i -20K ~-08K -12K
Outlet coolant temp. +20K +35K +38K
T -20K -33K -37K
Isohexane mole fraction +8.15% ~-04K -06K
-8.15% +0.7K +07K
Ethylene mole fraction +8.15% +04K +04K
-8.15% -03K ~14K
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in the liquid film layer have been investigated. Compared to
industrial data, the best agreement was obtained when 4
was estimated by Butterworth’s (1983) correlation method.
Chen et al.’s (1987) method provided a better description of
the transition process of condensate flow from initially lami-
nar flow to turbulent flow. The results of sensitivity analysis
for random measurement fluctuations in industrial data sup-
port our conclusion that this model gives reasonable agree-
ment between industrial data and simulation results. Effects
of operating conditions of the heat exchanger and reactor
system on the heat removal rate, and especially effects of
noncondensable gas composition on condensation heat trans-
fer will be the focus of a subsequent article.
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Notation

A, =cross section area of the tube, m?
outs = surface area of the tube outside, m
[ A]=approximated part of Jacobian matrix
A =interfacial area, m?
¢p =molar heat capacity, J-kmol~!-K™!
[Cl=computed part of Jacobian matrix
(F)=vector of dependent functions (equations)
g =acceleration of gravity, m-s~
h =heat-transfer coefficient, W-m~2.K~!
h; , =dimensionless heat-transfer coefficient in the liquid layer
Ah; =latent heat of vaporization of component i, J/kmol
Ju =Chilton-Colburn j-factor for the heat transfer
Jju =Chilton-Colburn j-factor for mass transfer
m, =coolant mass-flow rate, kg-s™*
M, =totall molar flow rate of the entering recycle gas mixture, kmol
‘s
Re_ =critical Reynolds number
x =mole fraction in liquid phase
(X) =vector of independent variables
y =mole fraction in vapor phase
Y; =mole fraction of component i in the entering recycle gas mix-
ture
z = axial coordinate, m
A =thermal conductivity, W-m~2-K~!
p =density, kg-m™3

A 2

Subscripts and /or superscripts

i, j.k =component indexes or section numbers, j only
+ =overall parameter
t =total value
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